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Abstract

Fossil fuels are used widely for energy production and are likely to continue to play
a major role world wide for many years to come. Much work has been done on
the technology for capturing CO2 from gaseous industrial effluent. For large-scale
applications like coal or natural gas-fired power plants, using amine solvents to
capture post-combustion CO2 is the most mature CO2 capture technology. This
technique can be used to retrofit existing plants by treating the flue gas after combustion.
This thesis contains a dynamic mathematical model for the absorber column that
can be used to include more detailed reaction chemistry for the absorption of CO2
into an amine in the presence of O2 as it becomes available. The dynamic model
is constructed from first principles and, while it is built using MEA as the absorbent to remove CO2 , it can be adjusted to cater for the removal of different
industrial gases with various absorbents. The model is solved using a commercial
solver, MATLAB Ode15s when reduced to a system of ODE’s by finite difference
in the spatial dimension. The flux of MEA, CO2 , O2 and H2 O across the phase
interface in either direction has been included and more components can be added
as required.
The loss of MEA through oxidative degradation has been quantified which is currently not available using commercial packages. Reaction rate kinetics have been
employed to predict the accumulation of oxidation products which is limited by
the incomplete knowledge of the dominant reactions between O2 and MEA. When
research has produced more detailed information about the products formed during this oxidation, it can be inserted easily into the model.
Validation has been performed using laboratory data from CSIRO Energy Flagship, Newcastle, and data from the CSIRO PCC pilot plant at AGL Loy Yang. A
limited parametric study of the impact of operating conditions on oxidation was
performed.
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Chapter 1
Modelling the CO2 Capture
Process
1.1

Introduction and Background

Fossil fuels are used widely for energy production and, due to their availability
and relatively low cost, are likely to continue to play a major role world wide for
many years to come [85]. The Intergovernmental Panel on Climate Change report
[62] considers the combustion of fossil fuels, such as coal and natural gas, to be
the main source of carbon dioxide emissions and that this is the major man-made
contribution to global warming. Indicators leading to this conclusion are the relationship between the increase in the global mean temperature and extreme weather
conditions, and the acidification of the oceans [84]. Mitigation technologies must
be found that stabilise the atmospheric levels of carbon dioxide (CO2 ).
Current day ecological problems cannot be solved unless effective clean technologies are developed [73]. Several alternative technologies for capturing CO2 do exist
[34, 85]. Chemical absorption/desorption is currently the most common technology used for CO2 removal from industrial gases. Treating an acid gas such as CO2
with alkanolamine solvents is one of the most important commercial technologies
because of its technical maturity and extensive use in the refinery industry. This
process has been applied to existing coal and natural gas fired power stations in the
form of retrofitted plants [15, 58]. It involves the capture of the CO2 from the flue
gas of fossil fuel power plants, followed by the transportation and storage of the
liquid CO2 . However, with traditional amine solvents such as monoethanolamine
(MEA) or diethanolamine (DEA), a significant energy penalty to the power plant
is incurred by the heat and power required to regenerate the amine solvent and
compress the CO2 [16]. Other issues such as solvent degradation and corrosiveness
also lead to considerable increases in operating costs. The use of new solvents and
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changing process conditions are continually being investigated [17, 66]. With these
changes come the involvement of different reactions and more uncertainty as to
the emissions from the absorption/desorption system.
In addition to the extensive laboratory work being undertaken, computer simulations are needed to evaluate the new solvents and/or the modified processes.
Computer process simulations are recognised as essential tools in chemical process
industries and can be used to accurately model these new solvents and processes.
Experimental data from operating pilot plants and existing literature has been
used for validation. With the simulated program validated, it can be used to assess the feasibility, the economics and the process conditions and to minimise plant
pollution. Currently the models do not include the degradation of the solvent over
time which effects the efficiency and cost of the process.
There is a need to develop a mathematical model that reflects the true long term
dynamic nature of the absorption of CO2 in MEA, including the evaluation of the
extent of degradation of MEA by oxidation in the absorber (and subsequently, by
heat in the desorber).
The mathematical model required to describe this process would be a set of differential equations, the solution of which are dependent variables that are expressed
as functions of independent variables. The dependent variables include, but are
not limited to, the concentrations of the components while the independent variables include, among others, the spatial dimensions of the column and time.
The chemistry of this absorption process is very complicated and in order to develop the model, assumptions have had to be made. The first models, by necessity,
ignored all except the basic chemistry and used constants for such variables as density and viscosity which actually change with temperature and concentration. The
process reaction chemistry includes reactions between MEA, O2 , CO2 and H2 O,
all of which can have an effect on the efficiency of absorption. The first models
only included the major reaction between MEA and CO2 , sometimes the reaction
between H2 O and CO2 , but ignored the reaction between MEA and O2 due to
the complexity of the chemistry. The oxidation of MEA is known to have many
pathways but the dominating reactions under the absorption conditions are still
unknown [88].
These reactions are producing unknown products in the effluents which need to be
identified and their influence on the surroundings understood [49, 80]. For over a
century, mathematicians have been attempting to produce a mathematical model
that will fully describe the process of absorption of carbon dioxide by a solvent.
Assumptions have had to be made in order to produce a usable model that resembles reality [11, 19, 57, 61].
Emissions of oxides of carbon, in particular carbon dioxide, occur in large amounts,
are generated across the globe and are challenging to address. The absorption
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process is being applied to industries whose flue gases contain large quantities of
carbon dioxide, such as those burning fossil fuels to produce electricity [5, 71].
Although CO2 separation using MEA is a relatively mature technology in natural
gas sweetening, the process has not been optimized for the abatement of CO2 emissions in flue gases from fossil fuel fired power plants. The extent of degradation is
greater in a flue gas environment. Because of the increased concern with efficiency
and the parasitic load on the plant, decreasing the amount of degradation is a
much more important issue than in previous applications of the MEA process [78].
Hence the need for the research in this work.
The work of this thesis aims to produce a computer program for the absorption
section of the absorption/desorption system which has been coded in such a way
that any acid gas and any absorbing solvent, along with the relevant physical and
chemical properties, can be inserted into the code as they become known. It can
also accommodate different packing elements, and changes in reactive gases and
components of the solution. The model can then be used to evaluate the degradation of the solvent and the composition of gaseous emissions from the plant. This
provides a means of determining these factors prior to the costly construction of
a full scale plant. It can also be utilised to optimise the operating conditions.
Absorption of acid gases is carried out by counter-current contact of a gas stream
containing an acid gas (such as CO2 ) with an absorbent liquid (often an amine)
in a packed column.
CO2 + 2RN H2 → RN HCOO− + RN H3+

(1.1)

where R represents an organic or alkoxy molecule associated with the amine group.
The “rich” solvent stream leaves the absorber column where the temperature is
about 315 K and is fed to a desorber column where the reaction is reversed by the
application of heat and the CO2 is released
RN HCOO− + RN H3+ → CO2 + 2RHN H2

(1.2)

The CO2 is collected as it leaves the desorber column where the temperatures
are about 50 K higher and the now “lean” solvent is returned to the top of the
absorber column.
Developing an accurate mathematical model to evaluate the mass and heat balances for the absorption and desorption processes has involved adopting some
assumptions. The desorption process is complicated by the presence of a condenser at the top and a reboiler at the base of the desorber column. Often flash
points exist at the inlet feed of both the vapour (from the reboiler) and the liquid
(from the absorber) to the desorber column.
Some mathematical models have assumed that the column is operating in a steady
state [58, 77]. There are three types: equilibrium based models, rate based models
3

and dynamic models. Early equilibrium based models treat the process as if it
were at equilibrium throughout the column which is not a true representation of
the process of absorption. It was acknowledged that equilibrium is rarely attained
since the mass and energy transfer are actually rate processes that are driven by
the gradients of chemical potential and temperature [73]. Assumptions were made
to cater for the lack of the computational power required to cope with the number
of variables that would be otherwise involved and the limited understanding of the
chemistry at that time. These equilibrium models simulate the change of concentration and temperature over the height of the column but are not able to be used
for prediction of the state of the column after a prolonged period of time [34, 60].
These approaches are usually sufficient to model non-reactive systems but carbon
dioxide being absorbed by an MEA solution in the presence of other potentially
active components is a reactive system [90]. The equilibrium models were also used
to determine the best operating conditions of the CO2 post-combustion process in
order to maximise the CO2 removal efficiency [57].
In the late 1980’s, a rate based model was developed to model continuous, multicomponent operations in an absorber column for the extraction of CO2 from gases
[75]. Whereas previous models had considered the streams fed into the column as
either gas or liquid, the rate-based model broke the feed streams into their chemical components. They contained mass and energy conservation equations for the
liquid and gas phases, the equations for each phase being connected by mass and
energy balances around the interface. Stage temperatures, pressures, vapour and
liquid flow rates were taken into consideration but component mole fractions were
also important. Boundary conditions needed to be specified for some of the variables in order to have a starting point for the evolution of the numerical solution.
Researchers still thought of the liquid and gaseous stream in any particular height
increment as being in equilibrium with each other although there was no definitive
proof that this was the case.
Several components are present in both the liquid and gaseous phases and all components are involved in a complex series of reactions in the liquid phase [44]. It was
assumed that the interface was in thermodynamic equilibrium, that is, properties
such as the pressure and temperature at the interface remain unchanged within
each height increment. Molar holdup terms, which were ignored in the equilibrium
models, were introduced in the component mass balances for the liquid phase in
these later models as the processes now had a dynamic nature to them. By considering liquid holdup, an allowance was being made for any liquid that remained
on the surface of the packing. The liquid holdup was dependent on the gas and
liquid flow rates but the gas holdup was considered negligible due to the low gas
density [41, 72].
Resistances to mass and energy transfer in the gas and liquid phases were ac-

4

counted for by using separate rate equations for each phase which meant that a
term for the flux of an individual component from one phase to the other could
be incorporated where necessary. Now that the rates of equations were being considered in the process of absorption, the mathematical models had a much wider
application. Whereas they were generally used to design the absorption column,
they could now also be used to more accurately predict the performance of the
column when operating conditions are changed. This would allow for better process control [3].
Dynamic models for the absorption process have been developed and studied but at
this stage, they have not been able to include all the complexities of the chemistry
involved. The full dynamic nature of the system is unknown and the consequence
of reacting CO2 with MEA in a system containing O2 is not entirely understood.
Dynamic models have been designed that can predict the behaviour response
within the column to the changing physical operating conditions such as input
gas properties [15, 47]. These models do not assume that equilibrium has been
reached at all points and are a closer representation of the real conditions. They
include the transfer processes, mass and heat, in order to study the effect of temperature and concentration on the rate of absorption. Limited reaction kinetics are
also included as is vapour-liquid equilibrium [19]. The current dynamic models do
not include information about the mass transfer of some of the important process
components, nor about the degradation of the solvent. Commercial packages such
as Aspen Plus and gPROMS do not account for the accumulation of oxidation
products. The volatility and the oxidative degradation of the absorbent are long
term time-dependent changes that are important to the efficiency of the overall
system of absorption.
Several authors investigated the kinetics of the process and concluded that the
most important factors to include in the model were the reaction kinetics between
carbon dioxide and monoethanolamine (called the carbamate reaction) and the
interfacial area [1, 45, 73]. The chemical reactions can be regarded as being instantaneous or kinetically controlled. The dynamic models built in the last fifteen
years have been predominately based on six equations and the associated equilibrium constants, reaction rate constants and diffusion rates [35, 48, 71].
Instantaneous equations:
OH − + H +
CO32− + H +
M EA + H +

H2 O
HCO3−
M EAH +
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Kinetically controlled equations:
CO2 + OH −
CO2 + H2 O
CO2 + M EA

HCO3−
HCO3− + H +
M EACOO− + H +

Fluxes of CO2 , H2 O and MEA between the gas and the liquid phases are allowed
in both directions [19, 32, 45]. However, no consideration is given to any reactions
between O2 and MEA and these are numerous, nor to any reactions involving the
other components in the flue gas nor any subsequent reactions involving O2 . This
limits the usefulness of the models as predictors of environmental gaseous or liquid
discharges or for predicting degradation of the solvent, MEA. While some of these
models have assumed that the chemical reactions reach equilibrium, others take
a more empirical approach and include an enhancement factor to estimate actual
absorption rates from known physical rates [22, 45, 48, 63].
For dynamic simulation and control of complex reactive absorption processes, the
model development tries to achieve a balance between the required model accuracy to reflect the process complexity and the feasibility of process simulations
regarding the computational time. Descriptions of industrial reactive absorption
processes often lead to very extended systems of equations which may not be solved
reliably nor quickly enough. Model accuracy increases with complexity but so does
difficulty of computation [72].

1.2

Main contribution of the thesis

This thesis contains a dynamic mathematical model for the absorber column that
can be used to include more detailed reaction chemistry of the absorption of CO2
into an amine in the presence of O2 as it becomes available. It is intended that in
the future it will be coupled with models of other sub-processes in order to form
a complete model of post-combustion carbon capture using amine systems.
Novelty
• The model can be used to predict absorption chemistry over a long period
of time.
• It allows for the flux of any gaseous or liquid component in either direction
between the two phases in the absorption column.
• It uses reaction rate kinetics to predict the degradation rate of the amine.
6

• It predicts the build-up of oxides in the solvent as a result of oxidative degradation of the amine.
• It has been constructed for a column containing random packing and validated with experimental data and data from a retrofitted pilot plant.
• When future, more precise, reaction chemistry becomes known, it can be
incorporated into the model.
• It can be modified for absorption of any acid gas into any amine solvent by
changing the inputs and the appropriate physical constants.
• CSIRO required a dynamic model that can predict oxidative degradation
which the current commercial packages are unable to do at this stage.

1.3

Post-combustion capture of CO2 with MEA

The absorption/desorption by MEA of the carbon dioxide is a two stage process
and consists of separate packed absorption and desorption columns. The process relies on the reversible reaction between carbon dioxide and an amine, most
commonly MEA, the direction of the reaction being dependent on the operating
temperature. The overall reversible equation can be written as:
CO2 + 2M EA

M EACOO− + M EAH +

(1.3)

At lower temperatures such as are found in the absorber column, reaction (1.3)
proceeds to the right and dissolved CO2 forms a carbamate. When the temperature
is increased in the desorber column, the reaction is reversed and the carbamate
breaks down into its components, MEA and CO2 , allowing the acid gas to be
collected. There is some discussion as to the actual mechanism of the formation
of the carbamate [1, 14, 23, 54]. It is thought to occur in two steps [87]
CO2 + M EA

M EACOO− + H +

H + + M EA

M EAH +

(1.4)
(1.5)

with equation (1.4) being slower than equation (1.5) and thus the rate determining
step. Within the absorption column, the flue gas, rich in the carbon dioxide, is introduced to the bottom of the column in counter-current contact with an aqueous
MEA solution. The packing can be random packing or structured packing, the use
of which is required to disturb the flow of the solvent and vapour in order to create
a large surface area for mass transfer of components. Gaseous CO2 is the major
component that moves across the gas/liquid interface into the liquid phase. The
7

CO2 reacts rapidly in an exothermic reaction with the active solvent component
and the carbamate is formed. The gaseous effluent, which is now lean in CO2 ,
is released into the atmosphere. The solution, rich in the carbamate, continues
through the system and is pumped from the bottom of the absorber column to the
top of the desorber column. The elevated temperatures in the desorber column
cause the reaction to be reversed and the CO2 is released. The gaseous effluent
from the desorber column, consisting of CO2 and H2 O, is dried and the pure CO2
is collected for storage or for further use.
The lean MEA solution is removed from the bottom of the desorber, passed through
a heat exchanger to reduce its temperature before being returned to a feed tank
to ensure a constant feed rate to the absorber. The solvent is made available for
further reaction with CO2 . The capacity of an amine to absorb CO2 by carbamate
formation is restricted by stoichiometry to a maximum of 0.5 mole of carbon dioxide per mole of amine. Figure 1.1 is a representation of the absorption/desorption
process which details the flow of input vapour and liquid phases but does not show
external heat exchangers, condensers, etc.

Figure 1.1: Simplified diagram of the absorption-desorption process
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1.4

Dynamic modelling of absorption process

CO2 removal by amine scrubbing has been extensively studied. These studies have
focused on optimizing process operating conditions [4, 9, 15], improving or testing
new solvents [18, 69], improving the process design to minimize energy consumption [2, 4] and reducing plant efficiency losses [35]. Most of the modeling work
on this process has focused on steady state models, that is, they assume that the
power plant operates continuously at a given base load. However, power plants are
subject to start-up, shut-down and changes in the flue gas load due to fluctuations
in the coal feed rate and quality. The operation of the power plant significantly
affects the optimum operating conditions of the CO2 capture process [40]. The
last twenty years has seen investigation on variable operations of the power plants
using dynamic models [15, 53].
Development of dynamic models is important since there is much information embedded within the dynamics of a plant, which cannot be studied with the steady
state models [38]. To be of use the dynamic model of an advanced control application needs to be solved in a fraction of real time. A balance between computational
complexity and the accuracy of the prediction is necessary [40]. Many papers discuss the development of dynamic models used to describe the physical and chemical
processes that take place in the packed absorption column [9, 19, 35, 41, 45, 48].
Kvamsdal presented a dynamic model of an absorber column in order to study the
behaviour of the absorption process downstream of a power plant that operates
at varying load but he did not include the vapourisation of MEA [45]. He also
used a rate based model but added an enhancement factor that accounted for the
reaction kinetics of the model. This method was also used by other modellers
[29, 77]. These models assume no volatility of the liquid phase and the main equation considered is that occurring between CO2 and MEA. The partial differential
equations were transformed into ordinary differential equations by discretization
of the spatial variable. The mathematical models used a Matlab software package
to evaluate the rate of CO2 absorption changes with respect to the decrease in
MEA concentration in the aqueous solution [19]. Greer also discretised the spatial
variable and investigated the effect that the physical properties of the absorber,
the accuracy of the model and the number of discrete imcrements had on the
model computation time [35]. This dynamic model adopted the two-film theory,
considered multi-component mass and heat transfer and included some reaction
kinetics. It introduced changes to the operating conditions implemented using
Matlab in order to observe model efficiency. Greer’s model is intended for use for
design considerations and also for online control.
Gaspar and Harun developed dynamic models of both the absorber and desorber
column and used their models to evaluate the effect of changing the power plant
load and of decreasing the temperature of the input rich amine stream [32, 36].
9

Gaspar validated his model using pilot plant data found in the literature but no
degradation chemistry nor loss of MEA were included in their models. Jayarathna
worked on a model for the absorber to dynamically predict the plant start up
scenario and operation under varying load conditions [40]. Predictions of the
transient behavior appear realistic and agree with standard steady state models,
but need to be compared with real data as it was validated with literature data
only. Kenig developed a dynamic model of reactive absorption using a system of
partial differential equations which is solved numerically [41]. The model includes
multicomponent two-phase mass transfer, film and bulk reaction mechanisms, fluid
dynamic and heat effects. Lawal assumes negligible solvent degradation and shows
that the performance of the absorber is more sensitive to the molar ratio between
the liquid and gas flow rates, than to the actual flow rates of the liquid solvent
and flue gas [47]. This factor has also been demonstrated by Kvamsdal and Zhang
[45, 92]. The influence of the temperature and the concentrations of O2 and CO2
in the gas feed was studied by Leonard, and their effect on the MEA loss and
the emission of degradation products was quantified [49]. This work was all done
under controlled conditions in a laboratory. Based on these experimental results,
a kinetic relationship for both oxidative and thermal degradation of MEA was
proposed. However, these kinetic relationships have yet to be included in a model
of a CO2 pilot plant.
The high energy requirement of the process for solvent regeneration, the loss of the
amine solvent by degradation (and consequently the emission of degradation products to the environment) and the corrosive nature of the conditions in the columns
represent the main operational negatives associated with the post-combustion CO2
capture with amines [6, 86]. The degradation and evaporation of MEA results in
loss of solvent from the absorption process, which, according to Abu-Zahra [2], requires the replacement of approximately 2.2kg of MEA per tonne of CO2 captured.
Other authors estimate the number of kilograms of MEA lost per tonne of CO2 to
be in the range 0.2 to 3 [33, 42, 59]. Abu-Zahra estimates that the cost of solvent
make-up necessary to compensate for this decrease may represent up to 22% of
the process operative costs [2]. Oxidative degradation of the MEA is also known
to lead to foaming, fouling, increased viscosity of the amine and corrosion of the
system [78]. Moreover, the degradation of amine solvents leads to the formation of
a large range of by-products that may modify the solvent properties and decrease
the process efficiency [49, 70, 78, 81, 88]. Some volatile degradation products like
ammonia may then be emitted, potentially resulting in a significant environmental problem with CO2 capture plants. Although emission reduction technologies
exist (such as the (acid) water washing of the flue gas at the column outlet), the
problem of volatile products emissions may still be significant in large-scale operating plants [56]. There is no advantage in capturing CO2 if it implies considerable
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emissions of other products such as ammonia and organic acids [82].
Laboratory conditions close to those of an industrial absorption plant were adopted
by Lepaumier [50] and in a separate work by Leonard [49], but no kinetic model
of solvent degradation was proposed. Both papers indicate that MEA oxidative
degradation is the main cause of degradation in industrial conditions but the actual products being emitted from the absorber column are not specified. Although
previous studies have led to a better understanding of the solvent degradation
mechanisms, there is currently no validated kinetic model of MEA degradation
that is able to predict industrial scale degradation. Based on experimental results,
Leonard proposes a kinetic relationship for solvent degradation. It was found that
the oxidative degradation of MEA does not depend on the CO2 concentration when
CO2 is present in the gas feed, and that a higher degradation rate is observed when
no CO2 is present. The CO2 loading appears to inhibit MEA oxidative degradation [49, 81]. These results also confirm that the main degradation pathway is the
oxidation reaction since no MEA loss can be observed in the absence of oxygen
[49].

1.5

Oxidation of MEA

Amines have been used for decades for the removal of CO2 from hydrocarbon
streams [43] but their use in an oxidising environment such as is found in a brown
coal fired power station flue gas is limited [7]. Oxidation of MEA is slow at room
temperature but occurs readily at high temperatures. The conditions in the absorber column are higher than room temperature but still low relative to pyrolysis
[7].
In an ideal MEA-CO2 absorption system, the solvent is cycled through the absorber/desorber system. Some of the byproducts of MEA oxidative degradation
can decrease the efficiency of CO2 capture and have also been implicated in the
corrosion of machinery and toxicity to the environment [8, 68]. There has been
an awareness for over fifty years that the oxidative degradation of MEA needs to
be considered when constructing a model of CO2 absorption by MEA, but it has
been a very difficult task to undertake [64, 70]. Much research has been done
on the reactions that may occur between O2 and MEA and several authors are
in some agreement as to what these reactions and products are [76, 80, 88, 89].
Formic, oxalic and glycolic acids are the main carboxylic acids identified in degraded MEA samples from industrial pilot plants and their formation was reported in many experimental studies [33, 49, 59]. Other products include, but
are not limited to, ammonia, 1-(2-hydroxyethyl)-formamide, 1-(2-hydroxyethyl)imidazole, acetamide, and oxalamide. Vevelstad [88] states there are nineteen
reactions that could take place within the conditions that would be found in the
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absorber column. Some authors have listed possible formation pathways of degradation products from the oxidation of primary amines [51].
The development of a dynamic model without including the specific reaction(s)
for the oxidation of MEA is complex. Several papers have explained experimental
work that was done in order to determine an overall reaction rate for the oxidation
of MEA that can be used when incorporating the oxidative degradation of MEA
into a model for the CO2 absorber column [49, 81, 86]. Uyanga developed two kinetic models to predict the MEA degradation rate in the presence of SO2 and O2 .
The first can be used when MEA, CO2 , O2 and SO2 are present in the model. The
second is a more general model and allows for the SO2 and/or O2 concentration
to be positive or zero [86]. Supap did more experimentation and developed a rate
equation that can be used with any of CO2 , O2 and SO2 removed without affecting
the usability of the model [81]. Leonard found that the presence of CO2 created
an inhibiting effect on the oxidative degradation of MEA and this effect does not
depend on the concentration of the CO2 . The influence of CO2 can be neglected
as it is always present in the capture process [49]. Since MEA is always present
in large excess in the absorber column under discussion and thus is not a limiting
factor, its influence on the degradation kinetics can also be ignored. Based on the
fact that the concentration of MEA and CO2 does not influence the degradation in
the absorber, Leonard has described a relationship for the reaction rate for MEA
oxidative degradation. This reaction rate formula has been used in this work and
even though the precise chemical reaction (or reactions) are unknown, the amount
of MEA oxidation products building up in the absorber over time can be predicted
using this relationship.

1.6

Chemistry

The chemistry of this carbon capture process is complex and difficult to fully
model. Prior to entry into the absorber column the industrial effluent gas has
had the solid particulates and the various sulphates and nitrates removed in order
to reduce their impacts on the absorption process. When it enters the absorber
column, the flue gas is mainly CO2 , O2 , H2 O and N2 . The MEA solvent, which
is recirculated into the top of the absorption column, initially contains MEA and
H2 O. During the vertical movement of the phases through the column the components transfer between the two phases. CO2 and O2 diffuse from the gaseous
phase to the liquid phase due to the concentration differential. A small amount
of MEA is vapourised from the liquid phase into the gaseous phase and is then
exhausted from the absorber column. The effluent gas is moist, and the liquid
solvent is approximately seventy per cent water, so the H2 O can move either way
between the phases. The temperature and pressure at the position in the column
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dictates which way the flux occurs. As well as the transfer of components between
phases, there are also changes in concentration of the components of each phase
as they move the length of the column due reactions occurring in the liquid phase.
As the liquid phase flows down the length of the column, the CO2 is transferred
into it and then reacts with the MEA to form the carbamate. The concentration
of MEA decreases whilst the concentration of the carbamate increases. The CO2
can also react with the H2 O in the liquid phase but the reaction is very slow compared to the reaction between CO2 and MEA [34, 74]. The former reaction can
be considered inconsequential in concentrated amine solutions such as those found
in the absorber system. O2 also oxidises the MEA when it enters the liquid [88].
This is discussed in detail in Section 2.2.3.
There are several influences on the internal temperature of the two phases in the
absorber column although the column itself is assumed to be adiabatic. The temperature differential between the two phases results in the transfer of heat from
one phase to the other. The reactions occurring in the liquid phase are exothermic. The vapourisation of MEA causes a decrease in the temperature of the liquid
and increases that of the gas, whilst the movement of water either increases or
decreases the energy content of the phases depending on whether it is condensing
or vapourising.

1.7

Deficiencies of Current Absorption Models

Previous models do not include all the chemical changes discussed in section 1.6
due to the difficulty in modelling them and also to the lack of chemical data for
some of the processes. For example
• Flux of O2 from gas to liquid has not been considered
• Predominant reaction chemistry between MEA and O2 is not known.
• Reaction between MEA and O2 not included - therefore there is no knowledge of the amount of MEA involved in any irreversible reactions and thus
withdrawn from the absorption process.
• Few models include vapourisation of MEA [71]
• Build up of oxidation products has been ignored.
• Emissions to the atmosphere of products containing nitrogen are unknown
over the long term
These points mean that the amount of MEA that is no longer available for reaction
with CO2 as the solvent cycles throughout the absorber/desorber system is not
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accounted for. This should not be ignored as the efficiency of the column is effected
by the withdrawal of available MEA and there are risks in atmospheric emissions
of unknown nitrogen containing degradation products. The model proposed in this
thesis includes the flux of O2 , CO2 , H2 O and MEA. This allows for the inclusion of
the vapourisation of MEA which is subsequently lost to the absorption process and
oxidative degradation of MEA which results in the build-up of oxidation products
in the liquid phase. The decrease of MEA by these two actions affects the efficiency
of the absorption system and hence the cost.
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Chapter 2
Development of the Model
2.1

Building the model

Absorption of a gas into a liquid involves flux across the gas/liquid interface,
followed by reaction in the liquid phase. The energy levels change as a result of
chemical reactions in the liquid, the heat of absorption of gaseous components
in the liquid and the heat of evaporation of liquids to the gaseous phase. The
absorption scenario can be described using an advection-reaction equation [30]
where the evolution of the chemical components can be derived from changes in
the mass balances. As the flow in an absorption column is counter-current and
the two phases have differing initial temperatures, the temperature throughout the
height of the column is also changing. This varying temperature affects the rates
of reaction, the rate of flux and other physical properties of the liquid and the
gas, such as density and viscosity. In order to increase the surface area between
the two phases to allow for greater mass transfer, the absorption column contains
random packing which influences the fluid dynamics. Consideration needs to be
given to the properties of the packing, such as liquid and gas holdup.
Unlike many previous models which consider absorption of CO2 into an aqueous
solution of MEA as a system of five components [26, 31], this model is a system of
seven components which can be expanded to include other components as required.
They include
• an inert carrier gas, N2 ,
• two reactive gaseous, O2 and CO2 ,
• two volatile components of the solution, H2 O and MEA,
• a non-volatile carbamate that is decomposed by heat, and
• non-volatile soluble products that are oxides of MEA.
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Currently, the precise proportions of products resulting from the oxidation of MEA
under absorber conditions are unknown and this model has been written so that
any future chemistry can be encoded as it becomes identified. As the oxidation
products of MEA are known to be soluble heat stable salts and the heat in the
stripper does not effect them, they build up in the liquid solvent as they recirculate through the absorber-desorber system. The accumulation of these oxidation
products is very slow but needs to be quantified, so the time that the system is
run for validation becomes important.
The proposed model is a dynamic model of the absorber system which considers
the chemistry of the changing absorption system. It includes the decrease of available MEA for absorption and the build up of oxidation products. This dynamic
mathematical process model is a system of partial differential equations(PDE’s)
with independent variables column height and time. The PDE’s have been developed from advection, flux and reaction equations which have been applied to
the absorption column. The system is used to describe the effects of operational
changes on the column but more importantly, the real time degradation of MEA
with oxygen.
The model contains a differential equation for each of the components of interest
in the liquid and gaseous phases and for the temperature of each phase. The components included in the model are MEA, H2 O, MEACOO− , MEAH+ , CO2 and O2
in the liquid phase and H2 O, CO2 , MEA and O2 (present as a component of air) in
the gaseous phase. The N2 in the air is not regarded as being involved in the mass
transfer nor in any reactions. In the liquid phase there is also a general term for
the oxidation products, OP, that occur as a result of reaction between MEA and
O2 . The physical properties of the system such as density, viscosity and specific
heat capacity are expressed in terms of concentration and temperature and thus
vary depending on the conditions at the relative position in the column and over
time.
As with other dynamic models, this model contains the following assumptions.
• Both liquid and vapour phases are ideal mixtures.
• Liquid and vapour velocities within the absorber column are assumed to be
constant.
• Vertical diffusion within each phase is regarded as negligible when compared
to the advection/reaction effects.
• The absorption column is operated adiabatically.
• Interfacial surface area is the same for heat and mass transfer.
• Chemical reactions take place in the liquid phase only.
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• Due to a small liquid phase heat transfer resistance, the liquid interface
temperature can be considered equal to the bulk liquid temperature.
Mass balance equations determine the change of concentrations with time and
column height and the enthalpy balance determines the change in temperature
with time and height. The equation for the mass balance in the liquid phase,
equation (2.1), states that the change of concentration of a component, i, in the
liquid, Cli , with time, t, is equivalent to the advection of the component in the
liquid flow plus the diffusion of i into or out of the liquid phase plus the rate
of generation or consumption of i due to reaction. The equation for the vapour,
equation (2.2), is similar but there is no reaction term. Component mass balance
for the liquid phase is:
∂Cli awl Ni Rxi
∂Cli
= ul
+
+
∂t
∂z
L
L

(2.1)

∂Cgi
∂Cgi awg Ni
= ug
−
∂t
∂z
G

(2.2)

and for the gas phase is:

where subscripts li and gi represent the liquid and gas phase components respectively, t is time (sec) and z is the height of the packing (mol). L and G are functions
of z and t and are the total moles of the liquid and gas(mol m−3 ), Ni is the molar
flux between the phases (mol m−2 s−1 ) and awl and awg is the effective interfacial
area of packing per unit volume of liquid and gas (m2 m−3 ), see Section 2.2.2. Rxi
is the consumption or production of component i as a result of any reaction. ul
and ug are the liquid and gas velocities (m s−1 ) with the direction of the gas flow
regarded as being positive and that of the liquid flow negative.
As the concentration of the liquid and the gas are measured in mole m−3 and
thus their compositions change constantly due mainly to flux and reactions, an
equation for this change is required for L and G. They change with respect to z
and t according to
X
X
∂L
∂L
= ul
+ awl
Ni +
Rxi
(2.3)
∂t
∂z
X
∂G
∂G
= ug
− awg
Ni
(2.4)
∂t
∂z
The equation for the change of liquid temperature with time and height, equation
(2.5), is the advection of heat content of the liquid plus the flow of heat between
phases due to the temperature gradient, plus the heat released or absorbed when
the components condense or evaporate, plus the heat released or consumed by any
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reactions, as well as a term for the change in temperature due to the transfer of
components from one phase to the other. Heat balance for the liquid phase is:
P
P
∂Tl
∂Tl hT awl (Tl − Tg ) awl Ni ∆Hvap ∆HRx awl (Tl − Tg ) Ni Cpi
= ul
+
+
+
+
∂t
∂z
LCpl
LCpl
LCpl
Lcpl
(2.5)
where hT is the heat transfer coefficient (W m2 K), ∆Hvap and ∆HRx are the heat
of vapourisation and reaction respectively (J mol−1 ) and Cpl is the specific heat
capacity of the liquid (J mol−1 K−1 ). T is the temperature in Kelvin and and aw
is the interfacial area of packing per volume of packing in the column (m2 m−3 ).
The gas phase heat balance, equation (2.6), consists of the advection term plus
the heat flow due to the temperature gradient between the phases and a term for
the change in temperature due to the transfer of components from one phase to
the other. Heat balance for the gas phase is:
P
∂Tg hT awg (Tg − Tl ) awg (Tg − Tl ) Ni Cpi
∂Tg
= ug
+
+
(2.6)
∂t
∂z
GCpg
GCpg
where Cpg is the specific heat capacity of the gas (J mol−1 K−1 ). For ease in computation the model is developed using mole fraction as the unit of quantity.
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2.2

Mass Transfer

The mass balance equation for the liquid phase, (2.1), and for the vapour phase,
(2.2), can be constructed as follows.

2.2.1

Advection

Advection is the vertical movement of the components within the liquid and vapour
phases and is due to the bulk motion of the liquid and vapour [37]. It is represented
by the advection equation.
∂Ci
∂Ci
= −u
(2.7)
∂t
∂z
Ci concentration of component mole fraction
Interfacial area and mass transfer parameters are dependent on column dimensions, operating conditions, (e.g. input flow rates, liquid properties including liquid hold-up and diffusion coefficients) and packing constants. The different types
of packing have associated specific constants that represent the construction of the
packing, the dimension and the specific surface area of the packing. These characteristics have an impact on the hydraulic properties of the absorption column.

2.2.2

Flux

Flux is defined as the flow of a component from one phase to the other phase.
Flux term =

Ni awl
L

(2.8)

There is a similar equation for gas. In this model, the transfer of mass and energy
from the gas to the liquid is considered as positive. The flux term accounts for the
amount of the component that crosses the phase interface at a given instant and
height.
1. Flux through interfacial area
The molar flux of a component i that crosses the vapour-liquid interface is
described by the overall mass transfer expression [22]
Ni = Kgi (Pi − Pi∗ )
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(2.9)

Kgi
Pi
Pi∗

overall mass transfer coefficient
moles Pa−1 m−2 s−1
vapour pressure in the bulk vapour
Pa
equilibrium partial pressure in the bulk liquid Pa

(Pi − Pi∗ ) is the pressure differential and the driving force for the flux. If
(Pi − Pi∗ ) is positive, the component moves from the vapour to the liquid, if
negative, the component moves from the liquid to the vapour.
2. Overall Mass Transfer
The mass transfer coefficients for both liquid and vapour are sourced from
Billet and Schultes [10]. Using the two film theory, the overall mass transfer
coefficient for the vapour components incorporating liquid and vapour side
transfer resistance is
1
1
Hi
=
+
(2.10)
Kgi
kgi Ekli
H Henry’s constant
Pa m3 mol−1
i CO2 , O2 , and H2 O
kgi mass transfer coefficient of i in the vapour phase mol Pa−1 m−2 s−1
kli mass transfer coefficient of i in the liquid phase
m s−1
E enhancement factor due to chemical reaction
Henry’s constant is calculated in point 8 below.

3. CO2 Enhancement Factor
Mass transfer is increased by chemical reaction. The enhancement factor
compares the level of mass transfer when reaction occurs to that when there
is no reaction and is represented by the following equations [22].
DlCO2 r
(klCO2 )2
√
√
E = M coth( M )
M=

DlCO2
r

liquid phase diffusion coefficient of CO2
reaction rate

m2 s−1
s−1

The definition for the diffusion coefficient of a solute in a solvent is taken
from Cussler [22].
DlCO2 =

7.4 × 10−8 (φM WH2 O )0.5 Tl −4
10
νH2 O VCO2 0.6
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(2.11)

φ
MW
νH 2 O
V

empirical parameter for water
molecular weight
viscosity of water
molar volume at normal boiling temperature


νH 2 O = e

897.9879
TC 0.6542 +78.1912



−

cP
cm3 mol−1

17.6724
TC 0.004707

(2.12)

TC temperature Celsius
Gaseous diffusion coefficient was also adopted from Cussler.
DgCO2 =

1.8610−3 T 1.5 ( M W1CO +

σ collision diameter
Ω Lennard-Jones potential

2

1
)0.5
M W N2

P σCO2 ,N2 2 ΩCO2 ,N2

(2.13)

Angstroms (Parameter from Poling)
dimensionless (Parameter from Poling)

4. CO2 mass transfer
The mass transfer of CO2 occurs in both phases. The molar flux of CO2
across the vapour/liquid interface is driven by
∗
NCO2 = KgCO2 (PCO2 − PCO
)
2

(2.14)

The overall mass transfer coefficient KgCO2 is as described in equation (2.10)
and includes the mass transfer coefficients in both the gas phase and the
liquid phase. The mass transfer coefficient for CO2 in the gas phase kgCO2 is
[10]

3/4 
1/3
1
a3/2 DgCO2
ug
νkg
(2.15)
kgCO2 = cv
( − hl )1/2 dh1/2 a
(aνkg )
DgCO2
cv

a
hl
DgCO2
νkg

packing specific constant
packing void fraction constant
m3 m−3
specific surface area of dumped packing m2 m3
liquid holdup
m3 m−3
Diffusion coefficient in the gas
m2 s−1
kinematic gas viscosity
kg m−3

The mass transfer coefficient for CO2 in the liquid phase is expressed as
[10]:
1/2
 1/2 
DlCO2
uL
1/6
(2.16)
klCO2 = cl 12
hL
dh
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uL
cl
dh

velocity of liquid with respect to empty column cross-section
packing specific constant
hydraulic diameter of the random packing

mol s−1
m

The liquid hold-up is defined as the volume of liquid forming a film on the
surface of the packing or drops in the void space of the packing [79].
hl = (
νdl
g
ρL

dynamic liquid viscosity
gravitational constant
density of the liquid

12ul a2 νdl 1/3
)
gρL

(2.17)

kg m−1 s−1
m sec−2
kg m−3

Dynamic (or shear) liquid viscosity νdl is defined [91] as
(

νdl = νH2 O e

100(t2 )(t3 +1)CM EAl
)
Tl 2

(2.18)

where
t2 = 21.186cM EAl + 2373
t3 =
cM EAl
CM EAl
CCO2 l

CCO2 l
(0.01015CM EAl 100 + 0.0093Tl − 2.2589)
CM EAl

(2.19)
(2.20)

mass fraction of MEA
mole fraction of MEA
mole fraction of CO2

Kinematic liquid viscosity νkl is [91]
νkl =

νdl
ρL

(2.21)

The density of the gas is defined as the density of the individual gases multiplied by the mole fraction of each component gas [71].
X
ρG =
ρgi Ci
(2.22)
where i are the components of the gas.
The density of the liquid is more dependent on the liquid temperature and
concentration.
ρL20 = (−0.000515847Tc + 0.15402
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[CO2 ]
+ 1.016)1000
[M EA]

(2.23)

ρL30 = (−0.000541818Tc + 0.23345

[CO2 ]
+ 1.016)1000
[M EA]

(2.24)

ρL40 = (−0.000541091Tc + 0.31642

[CO2 ]
+ 1.015)1000
[M EA]

(2.25)

ρL20 density of liquid at 20o C mol m−3
ρL30 density of liquid at 30o C mol m−3
ρL40 density of liquid at 40o C mol m−3
Tc critical temperature
K
[CO2 ] concentration of CO2
mol m−3
[M EA] concentration of MEA
mol m−3
If [M EA] ≤ 0.20, then the density of the liquid is ρL20 .
If 0.20 < [M EA] < 0.30, then the density of the liquid is calculated from
ρL = (X × ρL20 ) + ((1 − X) × ρL30 )

(2.26)

X = (0.3 − [M EA])10

(2.27)

where
If [M EA] ≤ 0.30, then the density of the liquid is ρL30 .
If 0.30 < [M EA] < 0.40, then the density of the liquid is calculated from
ρL = (X × ρL30 ) + ((1 − X) × ρL40 )

(2.28)

X = (0.4 − [M EA])10

(2.29)

where
If [M EA] == 0.40, then the density of the liquid is ρL40 .

5. O2 mass transfer
O2 has low solubility in liquids thus the Henry’s Law constant for O2 is very
large. This results in the mass transfer being slowest in the liquid and thus
the controlling factor. The overall mass transfer coefficient, equation (2.10)
can be reduced to
klO2
KgO2 =
(2.30)
HO2
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where klO2 is the mass transfer coefficient of O2 in the liquid. No enhancement factor is necessary as the reaction occurs very slowly and any resulting
mass change is also very slow.

6. H2 O mass transfer
As the liquid is mainly water and MEA, it can be assumed that there is
H 2
negligible liquid resistance to the mass transfer of water and the term EkCO
lCO2
in (2.10) is assumed to be 0. The overall mass transfer coefficient for water
can be regarded as equivalent to the mass transfer of the water in the gaseous
phase.
KgH2 O = kgH2 O
(2.31)
where kgH2 O is equivalent to equation (2.15).

7. MEA mass transfer
It can also be assumed that there is negligible liquid resistance to the mass
transfer of MEA and thus the overall mass transfer coefficient for MEA is
KgM EA = kgM EA

(2.32)

where kgM EA is equivalent to equation (2.15).

8. Equilibrium Partial Pressure
The equilibrium partial pressure of CO2 and O2 in the bulk liquid is expressed by Henry’s Law which is a measure of the solubility of the gas in the
given liquid. Henry’s Law (for gases) for a binary system need not assume
an ideal gas phase [65].
Pi∗ = Hi Ci

(2.33)

i CO2 or O2
Henry’s Law for CO2 in water, HCO2 (in Pa) [21] is
(4.8+ 3934.4
− 941290.2
)
2
T

HCO2 = 105 e
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l

Tl

(2.34)

where Tl is the temperature of the liquid and is ≤ 353K.
Henry’s Law for O2 in water, HO2 (in Pa) [67] is
HO2 = 105

PO2
mO2

(2.35)

PO2 partial pressure of oxygen P a
mO2 mole fraction of oxygen
Henry’s Law for CO2 and O2 are also used in the calculation of the mass
transfer coefficients in point 2 of this section.
Raoult’s law is used to model ideal liquids.
The equilibrium partial pressure of H2 O and M EA in the bulk liquid is
calculated using Raoult’s Law.
Pi∗ = Pvpi Ci
i
Pvp

(2.36)

H2 O or MEA,
the partial vapour pressure of the component

Pa

According to Raoult’s Law [55, 65]
1687.537
)
l +230.17−273.15

(5.11564− T

PvpH2 O = 105 × 10
PvpM EA = 92.624 −

10367
− 9.4699loge Tl + 1.9 × 10−18 Tl 6
Tl

(2.37)
(2.38)

9. Wetted surface area
The wetted surface area available in the column, aw , is the surface area of
packing per volume of packing [10].




ul dh
(ul )2 ρL dh
(ul )2
−0.5
aw = 1.5(a dh )
a
(2.39)
(νkl )−0.2
(σl )0.75
(g dh )−0.45

(2.40)
dh = 4
a
σl surface tension of the liquid phase kg m−2
νkl kinematic liquid viscosity
kg m−3
By definition, the kinetic liquid viscosity is equal to the dynamic liquid viscosity divided by the density of the liquid [65].
νdl
νkl =
(2.41)
ρL
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For equations (2.1) - (2.6), aw needs to be in the form of area of packing per
volume of liquid, or gas, rather than area of packing per volume of packing,
and has been denoted awl and awg .
aw
hl
aw
=
hg

awl =

(2.42)

awg

(2.43)

The liquid holdup, hl (m3 m−3 ), is the volume of the packed column that
is occupied by the liquid at a given time (Equation (2.17)) whereas the
remaining void space in the column is assumed to be occupied by the gas
[10]. The gas hold-up is defined as the volume of the packed column less the
volume of the packing and the volume of the liquid in the column.
hg =  − hl
hg

2.2.3

gas hold-up

(2.44)

m3 m−3

Reaction

The reaction term caters for the change of concentration resulting from any reactions that take place in the liquid. It represents the number of moles of the
component that are created or consumed per second due to reaction expressed as
a mole fraction.
Rxi
(2.45)
reaction term =
L
where Rxi has units mole m−3 s−1 .
Two reactions are included in this model. The main absorption reaction represents
the removal of carbon dioxide from the vapour effluent when it reacts with MEA
in the liquid phase at low temperatures. It is a rapid two stage reaction:
CO2 + M EA

M EACOOH

(2.46)

The forward reaction rate, kf , for equation (2.46) is
kf =

[M EACOOH]
[CO2 ][M EA]

(2.47)

[CO2 ][M EA]
[M EACOOH]

(2.48)

and the reverse reaction rate, kr , is
kr =

26

The change of concentration of CO2 , RxCO2 , for equation (2.46) is
RxCO2 = −kf [CO2 ][M EA] + kr [M EACOOH]
M EACOO− + H +

M EACOOH

(2.49)

(2.50)

The equilibrium constant, K2, for equation (2.51) is
K2 =

[M EACOOH]
[M EACOO− ][H + ]

M EA + H +

M EAH +

(2.51)
(2.52)

The equilibrium constant, K3, for equation (2.53) is
K3 =

[M EAH + ]
[M EA][H + ]

(2.53)

The overall equation, which has been included in all previous modelling of CO2
and MEA is
CO2 + 2M EA
M EACOO− + M EAH +
(2.54)
The forward reaction rate for equation (2.54) is kf1 and the reverse reaction rate is
kr1 . RxCO2 , for equation (2.54) is
RxCO2 = −kf1 [CO2 ][M EA]2 + kr1 [M EACOO− ][M EAH + ]

(2.55)

Equating equation (2.49) with equation (2.55):
kf
[M EA]

(2.56)

kr [M EACOOH]
[M EACOO− ][M EAH − ]

(2.57)

kf1 =
and
kr1 =

From equation (2.51) and equation (2.53)
[M EACOOH]
K2
=
−
+
[M EACOO ][M EAH ]
K3[M EA]

(2.58)

Thus equation (2.55) can be written
RxCO2 = −kf [CO2 ][M EA] +

kr K2[M EACOO− ][M EAH + ]
K3[M EA]
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(2.59)

This is the overall reaction rate, r, for equation ((2.54)) where r equals RxCO2 .
The reaction of concern in this work is that between oxygen and MEA which
is irreversible and thus withdraws some of the MEA from the absorption system.
XO2 + Y M EA −→ oxidation products

(2.60)

where X and Y represent the unknown amounts of oxygen and MEA (respectively)
involved in any reaction. Due to the many possible reactions between these two
compounds, it is difficult to choose one reaction that is more important than the
others for oxidative degradation [8]. Some of the reactions that have been identified
as producing formic, oxalic and glycolic acids are as follows:
1
M EA + O2 −→ HCOOH + CN H2
2
M EA + 2O2 −→ HOOCCOOH + N H3 + H2 O
M EA + O2 −→ HOCH2 COOH + N H3

(2.61)
(2.62)
(2.63)

It has been noted by Vevelstad that there are nineteen reactions that could take
place between oxygen and MEA depending on the conditions within the column
[88]. Experimental work has been done by Leonard [49] to construct a relationship
which he considers represents the reaction rate between O2 and M EA in the
presence of either CO2 , SO2 or both.
RxO2 = −5.35 × 105 e
RxO2

rate of oxidative degradation

−41.730
RTl

([O2 ] × 10−3 )1.46

(2.64)

mol m−3

The value for the activation energy is given in J mol−1 and the pre-exponential
unit is (mol L−1 s−1 )(mol L−1 )−1.46 . Since MEA is always in excess, its influence on
the oxidative degradation can be assumed constant. This reaction rate has been
incorporated into the dynamic model, which allows it to predict the amount of
MEA which has been involved in the formation of degradation products but does
not tell us what the degradation products are.

2.3
2.3.1

Energy Transfer
Liquid Phase

The change in the heat balance in the liquid is a result of several factors. These
include the energy change from the bulk flow of the liquid, the heat transfer between the phases and the heat generated by the reactions. Other factors, such
as friction are assumed to be sufficiently low that they can be ignored [34]. The
factors considered in this model are:
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1. Change in energy content due to the movement of the bulk liquid
The temperature of the liquid is Tl , (K). The velocity of the liquid is ul ,
(m s−1 ) and the flow of liquid is regarded as occurring in a negative direction.
−ul

∂Tl
∂z

(2.65)

2. Transfer of energy at the interface of the phases
The energy transfer at the interface of the phases is driven by the temperature
difference between the vapour and liquid phases and can be written
hT awl (Tg − Tl )
LCpl

(2.66)

hT heat transfer coefficient W m2 K
The Chilton-Colburn analogy is applied to obtain the heat transfer coefficient
in the gas phase [12]. The heat transfer between the liquid and the gas is
controlled by the resistance to heat transfer in the gas phase as the resistance
to heat transfer in the gas is much greater than that in the liquid.

hT = Kg

Kg
ρg
λ
Dg

ρg Cpg λ2
Dg2

mass transfer coefficient in the gas
density of the gas
thermal conductivity of gas
diffusivity of the gas

1/3
(2.67)

m s−1
kg m−3
W m−1 K−1
m2 s−1

3. Transfer of energy due to the flux of the components from one
phase to another
In this model, the components that are considered to move between phases
are CO2 , O2 , MEA and H2 O. When a component transfers from one phase to
the other it takes with it a body of energy which is at a different temperature
to the recipient phase. Thus the temperature of both phases is changed
by the transfer. CO2 and O2 diffuse from the vapour to the liquid, MEA
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evaporates into the vapour phase and H2 O moves from one phase to the
other depending on the conditions in the absorber column.
P
awl (Tg − Tl ) Ni Cpi
(2.68)
LCpl
i represents components CO2 , O2 , H2 O or MEA

4. Change in energy due to the phase change of components
This model includes the evaporation of MEA and the vaporisation and condensation of H2 O which results in the change of heat in the vapour and the
liquid.
awl (NCO2 ∆HabsCO2 − NM EA ∆HvapM EA − NH2 O ∆HvapH2 O − NO2 ∆HabsO2 )
LCpl
(2.69)
−1
∆HabsCO2 latent heat of absorption of CO2
J mol
∆HabsO2 latent heat of absorption of O2
J mol−1
∆HvapM EA latent heat of vaporisation of MEA J mol−1
∆HvapH2 O latent heat of vaporisation of H2 O J mol−1
5. Change of energy due to reaction
There are two main equations under consideration. One is the overall reversible reaction between MEA and CO2 where MEA is in great excess,
equation (2.54). This drives the equilibrium to the right at absorber temprature and results in the formation of the carbamate compound. This
equation has been modeled previously as the mechanism kinetics of the reaction are well known and is the basis of the absorption/desorption process.
The other equation which must be considered is that between MEA and O2 ,
(2.60). Both of these reactions are exothermic and contribute to the change
in energy content
dH
(2.70)
LCpl
where dH is the amount of heat generated by the reactions included in the
model (J m−3 ). dH is equal to the moles of component per cubic metre,

30

multiplied by the energy (in Joules) produced for each mole of component
generated by the reaction.
X
dH =
Rxi ∆HRxi
(2.71)
i CO2 or O2

2.3.2

Vapour Phase

The energy balance for the vapour phase is similar to the liquid phase except that
there is no heat generated from reactions or from change of state of any component
as they occur in the liquid phase only [32, 72]. The heat transfer term in the vapour
phase is constructed similarly to that in the liquid phase. The factors to consider
are:
1. Change in energy content due to the movement of the vapour
through the column
The temperature of the vapour in the column is Tg and the velocity is ug .
−ug

∂Tg
∂z

(2.72)

2. Transfer of energy at the interface of the phases
This is equivalent to the term in the differential equation for the liquid phase
but the heat is transferred in the opposite direction.
hT awg (Tl − Tg )
GCpg

(2.73)

3. Transfer of energy due to the flux of the components from one
phase to another
M EA moves from the liquid to the vapour phase while CO2 and O2 diffuse
in the reverse direction. H2 O can diffuse in either direction and is dependent
on the properties of the two phases at the point in the column.
awg (Tl − Tg )(NM EA CpM EA + NCO2 CpCO2 + NO2 CpO2 ) awg (Tl − Tg )NH2 O CpH2 O
+
GCpg
GCpg
(2.74)
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2.3.3

Total Moles

Working in mole fractions has required the use of the flow rate of the liquid and
the gas in moles. As the composition of the two phases change with time it is
necessary to include a PDE for both the change in the total moles of the liquid
and that of the gas. See equations 2.88 and 2.89.

2.3.4

The Mathematical Model

The set of fifteen PDE’s for the model are as follows:
∂ClCO2 NlCO2 awl RxCO2
∂ClCO2
= −ul
+
+
∂t
∂z
L
L

(2.75)

∂ClM EA NlM EA awl RxM EA
∂ClM EA
= −ul
+
+
∂t
∂z
L
L

(2.76)

∂ClH2 O
∂ClH2 O NlH2 O awl RxH2 O
= −ul
+
+
∂t
∂z
L
L

(2.77)

∂ClM EACOO
∂ClM EACOO RxM EACOO
= −ul
+
∂t
∂z
L

(2.78)

∂ClM EAH RxM EAH
∂ClM EAH
= −ul
+
∂t
∂z
L

(2.79)

∂ClO2
∂ClO2 NlO2 awl RxO2
= −ul
+
+
∂t
∂z
L
L

(2.80)

NlOP awl RxOP
∂ClOP
∂ClOP
= −ul
+
+
∂t
∂z
L
L

(2.81)

32

∂Tl
∂Tl hT awl (Tg − Tl ) awl (Tg − Tl )(NCO2 CpCO2 + NM EA CpM EA + NO2 CpO2 )
= −ul
+
+
∂t
∂z
LCpl
LCpl
awl (NCO2 ∆HabsCO2 − NM EA ∆HvapM EA − NH2 O ∆HvapH2 O − NO2 ∆HabsO2 )
+
LCpl
awl (Tg − Tl )NH2 O CpH2 O
dH
+
+
(2.82)
LCpl
LCpl
∂CgCO2
∂CgCO2
NgCO2 awg
= ug
−
∂t
∂z
G

(2.83)

∂CgM EA
∂CgM EA NgM EA awg
= ug
−
∂t
∂z
G

(2.84)

∂CgH2 O NgH2 O awg
∂CgH2 O
= ug
−
∂t
∂z
G

(2.85)

∂CgO2
NgO2 awg
∂CgO2
= ug
−
∂t
∂z
G

(2.86)

∂Tg
∂Tg hT awg (Tl − Tg ) awg (Tl − Tg )(NCO2 CpCO2 + NM EA CpM EA + NO2 CP O2 )
+
= ug
+
∂t
∂z
GCpg
GCpg
awl (Tg − Tl )NH2 O CpH2 O
+
GCpg
(2.87)

∂L
∂L
= −ul
+ awl (NCO2 + NH2 O + NO2 + NM EA )
∂t
∂z
+ RxCO2 + RxM EA + RxM EAH + RxM EACOO + RxO2 + RxOP (2.88)

∂G
∂G
= ug
− awg (NCO2 + NH2 O + NO2 + NM EA )
∂t
∂z
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(2.89)

The boundary conditions are the number of moles of MEA, H2 O, O2 and CO2 in
the flue gas, MEA, H2 O, MEAH+ , MEACOO− and OP in the solvent entering the
colummn, the input temperatures of the liquid and the gas and the total number of
moles in the liquid phase and in the vapour phase. The vapour and liquid leaving
the column are free boundaries. The initial conditions are the number of moles,
both vapour and liquid, of O2 , CO2 , MEA, MEAH+ , MEACOOH− and H2 O in the
column at t=0, the temperatures of the liquid and the gas in the column and the
total number of moles in the liquid phase and in the vapour phase in the column.
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Chapter 3
Solving the Model
3.1

Constructing a Numerical Model

The dynamic model has two independent variables, column height and time, and is
a system of partial differential equations (PDEs). Modern computing has made it
possible for dynamic models to incorporate factors which vary with column height
and time such as density, mass transfer rates, reaction rates and viscosity. The
dynamic model does not assume the system is in steady state.
This model is adapted from a system of advection-diffusion-reaction equations
[30]. Due to the assumptions listed in Section 2.1, there is no requirement for
a diffusion term in either phase, nor a reaction term in the vapour phase. As
there is movement of components across the liquid/gas interface there is a term to
account for the flux between phases. Hence, the liquid phase becomes an advectionreaction system with a term for the flux of components and the gaseous phase is
an advection system plus a flux term. PDEs were used to describe the time and
space dependent variables (concentration, temperature) of the absorber column.
The mathematical problem arising from the resulting dynamic absorber model is
a boundary value problem (BVP). To solve this problem, the height dimension is
discretized to give an ordinary differential equation (ODE) in the variable time,
at various discrete height values. The ODEs formed can then be solved using
MATLAB ode15s solver. With the two phases running counter currently, the
boundary conditions for the liquid are known at the top of the absorber and those
for the vapour at the bottom. The boundary values for the system are given
by the inlet compositions, the temperatures, and the flow rates of the liquid and
gas phases. It is assumed that initially the absorber column contains the flowing
solvent and void vapour space and the flue gas is released into the bottom of the
column.
One algorithm required to solve these types of problems is the finite difference
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method [83]. For the work in this thesis, both the backward and forward finite
difference methods have been employed to integrate for the height variable while
the MATLAB ode15s solver has been used for the numerical solution of the time
variable. The height of the column, z, is discretized into a vertical step size of
∆z with each discrete height denoted by x∆z where 1 ≤ x ≤ n. Then the
spatial partial derivatives are approximated by either the forward or backward
difference method which produces a series of ODE’s as shown in equations 3.1
to 3.6. Equations 3.1, 3.2 and 3.6 use the forward method and equations 3.3,
3.4 and 3.5 employ the backward method. The value of the gas concentration of
component i at point x∆z is a function only of the variable t and is denoted by
Cg,i,x (t) with 1 ≤ x ≤ n. Similarly, the liquid concentration of each component
at point x∆z is Cl,i,x (t) with 1 ≤ x ≤ n. The boundary condition for the gas is
given by Cg,i,1 (t) and for the liquid Cl,i,n (t). The initial conditions are Cg,i,x (0)
and Cl,i,x (0). Equation 2.2 can be re-written as


awg,x Ni,x
Cg,i,x − Cg,i,x−1
dCg,i,x
+
= ug
(3.1)
dt
∆z
Gx
for 2 ≤ x ≤ n. Using the forward difference method again to approximate the
spatial derivative, an expression for the temperature change in the gas is obtained.
This is the numerical version of equation (2.6).
P


Tg,x − Tg,x−1
awg,x hT (Tg,x − Tl,x ) awg,x Ni,x Cpi,x (Tg,x − Tl,x )
dTg,x
= ug
+
+
dt
∆z
Gx Cpg,x
Gx Cpg,x
(3.2)
for 2 ≤ x ≤ n. For liquid concentration and temperature, the backward difference
method is used to approximate the spatial partial derivative because the boundary
conditions for the liquid phase at the top of the column, where x = n, are known.
Equation (2.1) is approximated for 1 ≤ x ≤ n − 1 by the equation


Cl,i,x+1 − Cl,i,x
dCl,i,x
awl,x Ni,x
= −ul
+ Rx(Cl,i,x , Tl,x , Lx )
(3.3)
+
dt
∆z
Lx
For equation (2.5) the equation becomes
P


dTl,x
awl,x hT
awl,x Ni,x Cpi,x (Tl,x − Tg,x )
Tl,x+1 − Tl,x
= −ul
+
(Tl,x − Tg,x ) +
dt
∆z
Lx Cpl,x
Lx Cpl,x
P
dH
awl,x (Tl,x − Tg,x ) N i∆Hi
+
+
(3.4)
Lx Cpl,x
Lx Cpl,x
The two additional equations that represent the change in concentration (mole m−3 )
of the liquid and the gas phases are:
P
P


Lx+1 − Lx
awl,x Ni,x
Rxx
dLx
= −ul
+
+
(3.5)
dt
∆z
Lx
Lx
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dGx
= ug
dt



Gx − Gx−1
Gx



P
awg,x Ni,x
−
Gx

(3.6)

MATLAB ODE15s was chosen to solve the system of ODE’s. A time increment,
∆t, is assigned so that t = j∆t becomes a discretization of the time variable
for which MATLAB reports the values Cl,i,x (j∆t) = Cl,i,x,(j) . This method can
proceed successively to calculate all variables at time increment j + 1 from those
already calculated at time increment j.
o
n
∆z ∆z
Stability of the numerical solution is guaranteed if we let ∆t = min vg , vl since
∆t
∆t
both Courant-Friedrich-Lewy numbers, vg ∆z
and vl ∆z
, must be less than 1 [28].

3.2

Validating the Model

The model is validated with real data from a retro-fitted pilot plant at the AGL
Loy Yang power plant. This retro fitted pilot plant is used to quantify the degradation of MEA and thus the rate of accumulation of oxidation products. This
pilot plant has the absorption section split into two absorber columns connected
in series. The two sections are joined with piping that was not lagged during the
data collection period and, as a result, the temperature profiles contain a discontinuity in the data. The impact of this temperature change on the concentrations
of the gas and the liquid is minimal. In order to confirm that the model is a true
representation of the behaviour of the temperature and the absorption of CO2 and
could be used to quantify the oxidation of MEA, the model is initially validated
against experimental results from the single laboratory absorber column at the
CSIRO Energy Flagship at Newcastle. This column does not have the disjoint in
the temperature but it also does not have O2 as an input so there are no experimental results to indicate the change in the MEA concentration from oxidative
degradation. This aspect of the model can not be tested.

3.2.1

Validating Model with CSIRO Laboratory Column

The laboratory column at the CSIRO laboratory in Newcastle is a stand alone
column with constant input of both gas and liquid. The input gas contains known
concentrations of CO2 , H2 O and N2 and the input solvent known concentrations of
MEA and H2 O. The column consists of nine 0.3m sections of random packing alternating with eight 0.3m void sections where parameters such as temperature and
concentration can be measured. The top section of packing is used as a demister
and is above the solvent input which means that only the bottom eight sections
of packing are involved in the absorption system. The total height of the random
packing for absorption and the void sections is 4.8m. Using the physical properties
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of the column and the packing, it was determined that the surface area available
for absorption in the void sections was equivalent to 0.665% of the total surface
area and this was considered to be insignificant in the absorption calculations. The
height of packing available for absorption of gas was 2.4m. The packing used is
16mm stainless steel Pall rings. Tests were conducted with the concentrations of
0.148m

Outlet Gas

Lean Solvent

0.3m

0.308m

Packed
section

Sample
section

Feed Gas

Rich Solvent

Figure 3.1: Newcastle laboratory absorber column
both inputs being held constant during each run but varying between runs. The
concentration of the CO2 in both inlet and outlet streams was determined and used
to validate the model for CO2 absorption. The absorber was run with input liquid
to input gas concentration ratios (L/G) ranging from 2.30 to 9.35. The system
was assumed to be adiabatic. Influences such as the characteristics of the internal
packing used in the column are included in the model. As there is no pressure
build up, the input phase velocities are regarded as constant. The parameters,
experimental data and the resulting graphs for two sets of data that were used for
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validation of the model have been included here. Although the laboratory column
did not produce data to indicate the accumulation of oxidation products and could
not be used to validate the degradation of MEA, it was used to validate the model
for CO2 absorption. See Figures 3.2 and 3.3 and Appendix A.
Figure 3.2 shows the temperature and CO2 profiles for data Run A, where L/G
is 9.35 and Figures 3.3 are for Run B with L/G of 4.214. These profiles are representative of the system 30 minutes after it has reached a pseudo steady state
(which takes from 2 to 5 minutes). The solid line represents the average temperature of the vapour and the liquid from this developed model, the blue dotted
line is the model produced by Saimpert et al [71] (a rate-based model for the
Newcastle column) and the red dots represents the temperature from the experimental results from the CSIRO laboratory column. The model data in the two
temperature graphs produced follows the experimental data and shows superior
correlation to that of Saimpert et al. The movement of the position of the temperature bulge follows the findings of Kvamsdal [46] who found that if the L/G ratio
is higher, the bulge tends to the base of the column and a lower L/G ratio means
the bulge moves towards the top of the column. The temperature maximum in
Run A (with the higher L/G ratio) occurs at a column height of 0.22m while that
of Run B occurs at 0.65m. This is another indication that the model is performing
as expected. One factor that could explain the small discrepancies between the
simulated temperature curve and the experimental curve is the unavailability of
packing constants (Cv , Cl , Ch ) for the 16mm metal Pall ring packing used in the
absorber column. Packing constant data for 25mm metal Pall ring packing was
used for the model. The temperature curve in Figure 3.2 is slightly higher than
the experimental results as the column is assumed to be adiabatic even though
some heat loss from the system would be expected. In Figure 3.3 with the lower
L/G, the temperature peak moves up the column due to the shift in the position of
greatest absorption. It would be expected that the temperature bulge would move
further up the column but the differences in the curves are within an acceptable
error margin. The standard error of the residuals, RSE, for the model temperature
curve is 4.88o .
The graphs for the absorption of CO2 show good correlation with Run A having
a RSE of 0.008 mole fraction and correlation coefficient, R, of 0.837 while Run B
has a RSE of 0.011 mole fraction and R of 0.969. This is interpreted as strong
correlation between the experimental data and the model data. The concentration
of the CO2 at 0.21 m in the column in both runs was contaminated with extra
water due to a fault in the sampling system and thus is lower than it should be.
From the above results and discussion, it was concluded that the model was a
good represention of the single absorber column and could be applied with some
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Figure 3.2: Profile for a) temperature and b) CO2 absorption, Run A, Newcastle
confidence to the more complex split absorber column in the pilot plant at Loy
Yang power plant.

40

Temperature (K)

335

Temperature (K)

330

325

320

315

310
0

0.5

1

1.5

2

2.5

Height of Packing (m)
Temp

a)
0.1

N/C col

Saimpert Av temp

Conc CO2

Conc. CO2g (mole fraction)

0.09
0.08
0.07
0.06
0.05
0.04
0.03
0.02
0.01
0
0

0.5

1

1.5

2

2.5

Height of Packing (m)
CO2g

lab column

Saimpert

b)
Figure 3.3: Profile for a) temperature and b) CO2 absorption, Run B, Newcastle

3.2.2

Validating Model with CSIRO Retro-fitted Pilot Plant

CSIRO has retro-fitted a CO2 capture pilot plant to the lignite-fuelled power station at AGL Loy Yang in Victoria and the industrial flue gas is fed directly from the
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power station into the pilot plant. The pilot plant consists of two absorber columns
connected in series, both containing two sections of 1.35m of random packing with
a small void section in between to cater for temperature measurements. There is
also a solvent make-up tank (or feed tank) which is included in this model. They
are part of a complete system which includes a desorber, heat exchanger, reboiler,
condenser and other necessary equipment that are not part of this mathematical
model. The gas is fed into a pretreatment section where the sulphur and nitrogen
oxides and any particulates are removed before proceeding to the bottom of the
first absorber column, ABS2. The input flue gas to the base of this column consists

Figure 3.4: Simplified process flow diagram at CSIRO PCC pilot plant at AGL
Loy Yang[5]

of known concentrations of H2 O, N2 , CO2 and O2 . The input solvent is fed into the
top of the second absorber column, ABS1, and runs counter currently to the gas
feed. It consists of H2 O, MEA, some residual carbamate compounds and oxides of
the solvent which were not removed in the desorber. (Further details of the pilot
plant operation can be obtained from Cottrell et al and Artanto et al. [5, 20].)
The temperature was recorded by thermocouples inserted in the void sections of
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each column and is an average temperature of vapour and liquid rather than measured individual phases. As the columns were at low temperatures (about 323o K)
radiation losses from the thermocouple tips can be regarded as insignificant and
any uncertainties in reading were inherent calibration errors only. For this study
the concentration of the input gas from the pretreatment section is assumed to be
constant. That of the liquid solvent varies as the modelling proceeds. The model
has been validated with data from the AGL pilot plant which has temperature
measurements at the inlet and outlet to each column as well as in the void section between the packing. The concentration of the components in the input and
output liquid and gas for each absorber column is also known. This work does
not consider operational changes as other authors have reported on the effect of
variable operations on an absorption pilot plant [9, 15, 27, 39].
The packing used in the absorber columns is 25mm stainless steel Pall rings and
the associated constants were obtained from Billet and Schultes [10]. Unlike the
Newcastle column, this PCC pilot plant did produce data which included inputs
and outputs of oxygen. This data was used to validate the model for both CO2 absorption and, indirectly, for the degradation of MEA. While operating the CSIRO
PCC pilot plant at AGL Loy Yang, it was found that water was lost during the
cycle and there was a need to top up the volume in the feed tank. This additional
water is not measured accurately during operation of the plant but it is necessary to keep the total volume of the liquid phase constant. The replaced water
was slug-dosed on an ad hoc basis, but the model incorporates it as a continuous
make-up feed. This water loss is thought to occur due to evaporation in the desorber. The amount of H2 O lost from the solvent each cycle was determined from
a mass balance around the feed tank. The total MEA in the liquid at the bottom
of the absorber is as follows.
CM EA,tot,j = CM EAl,1,j + CM EACOOl,1,j + CM EAHl,1,j

(3.7)

where CM EA,tot,j is the total mole fraction of MEA at time j.
As the CO2 removed in the stripper should match the loading in any particular
run, the ratio CM EACOOl to CM EA,tot will be constant for that run. The moles of
the five components of the solvent entering the feed tank is represented by the
following equations.


CM EACOOl,i
CM EA,tot Vl ∆t
(3.8)
M EAs,j = 1 − 2
CM EA,tot,i


CM EACOOl,i
M EACOOs,j =
CM EA,tot Vl ∆t
(3.9)
CM EA,tot,i


CM EACOOl,i
M EAHs,j =
CM EA,tot Vl ∆t
(3.10)
CM EA,tot,i
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H2 Os,j = mH2 O(1,j) Vl ∆t

(3.11)

OPs,j = mOP(1,j) Vl ∆t

(3.12)

where MEAs,j , MEACOOs,j , MEAHs,j , H2 Os,j and OPs,j represent the moles of
each component as they leave the stripper. CM EACOOl,i and CM EA,tot,i are the
initial mole fractions of MEACOO and total MEA in the liquid phase. Vl is the
flow of the liquid in moles per second obtained by multiplying the constant mass
flow rate with the density of the solution as it leaves the absorber. dt is the time
dz
. The
step which is the minimum absolute value of the two variables, udzG and −u
L
discrepancy noted in the mole balance around the feed tank was taken to be equal
to the amount of water added at the feed tank and is expressed as H2 Oex .
The focus of this work is to produce a model of the absorption column that will
predict the degradation rates of MEA and, as a consequence, the accumulation
rates of oxidation products (OP) in the solvent as it circulates throughout the
absorption/desorption system. Previously, degradation has been quantified by the
evolution of ammonia, not oxygen consumption, however oxidative degradation
can occur without the production of NH3 or the NH3 can be consumed in a further reaction [33]. An example of this is the formation of oxalic acid followed by
oxalamide.
HOC2 H4 N H2 + 2O2 → H2 C2 O4 + N H3 + H2 O
(3.13)
HOC2 H4 N H2 + 2O2 + N H3 → C2 H4 N2 O2 + 3H2 O

(3.14)

Using NH3 as an indication of oxidative degradation results in lower levels of oxidation products being predicted than actually occur.
The oxidation products that exit the absorber column are heat stable salts which
pass through the desorber unaltered and proceed to the feed tank. As the moles
of oxidation products increase over time, the concentration of available MEA decreases. The exact oxidation reactions are unknown and the three reactions that
are thought to be most likely [7, 8, 70, 88] have stoichiometry of 0.5, 1 and 2, (refer
to equations (2.61) to (2.63)), so for this model the stoichiometry of the oxidation
reactions was taken as 1 MEA: 1 OP. The accumulation of the oxidation products
does not effect the degradation rate of MEA [33].
The number of moles of MEA in the feed tank at time (j + 1) is equal to the
moles of MEA in the feed tank at time j, plus the moles of MEA entering the feed
tank from the stripper from time j over the increment ∆t, less the concentration
of MEA that left the feed tank at time j. nVf t is the total moles of components
in the feed tank.
Similar relationships are used for the moles of M EAH + , M EACOO− and oxidation products. The equation for water also includes a term for the consideration
of the water loss from the system.
H2 On,j+1 = CH2 On,j nVf tn,j + H2 Osj − H2 On,j Vl ∆t + H2 Oex
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(3.15)

H2 Oex is the extra water added in replace the water lost through the system due
to evaporation in the stripper and is calculated by a mole balance around the feed
tank assuming constant moles in the feed tank. Each equation is then converted
into mole fraction before the solvent enters into the top of the absorber. The total
number of moles in the feed tank, ntot , is the total moles of MEA, MEACOO− ,
MEAH+ , H2 O (including additional water) and OP. The equation for MEA in
mole fraction entering the top of the absorption column is:
CM EAl,n,j+1 =

CM EAl,n,j nVf t(n,j) + M EAsn,j − M EAl, n, j Vl ∆t
ntot

(3.16)

Similar equations are applied to the four other components. These relationships
provide the changing boundary conditions for the liquid at the top of the column
which occur due to the accumulation of the oxidation products.
Validation and Discussion Validation of the model was done with two sets
of data from the AGL Loy Yang pilot plant and they have been notated as Run
280509 and Run 061011. The data was chosen with regard to the magnitude of
L/G in order to have two different conditions for the verification of the work. Run
280509 has L/G of 3.97 while Run 061011 has L/G of 6.44. Run 061011 should
produce a bulge in the temperature graph towards the base of the column. Greater
absorption results in an increase in temperature from the exothermic reactions
and this can be seen in figures 3.5 and 3.6. Initially the absorption system was
modelled as one absorber column 5.4m high. Figure 3.5 and Figure 3.6 are the
outputs for the gaseous CO2 and H2 O for the two data sets and the graph of the
average temperatures for the height of the column about 15 minutes after the model
has reached steady state. The shape of the curves match that shown by several
other papers [40, 71, 77, 85]. The squares represent the experimental data points
and their temperature graph clearly shows the position of the temperature change
between the two columns. The boundary conditions are the input temperatures
and concentrations of the gas and the liquid. The discrepancies between the model
vapour input temperatures and the experimental vapour input temperatures occur
because the model is calculating with individual gas and liquid temperatures but
the results are plotted using average temperatures. As well as the input values, one
other data point is available at the outlet of ABS2 for CO2 and H2 O validation.
The experimental data at height 0, 1.35 and 2.65 metres in the temperature graphs
are the results for the bottom, middle and top of ABS2 while the data at 2.75,
4.05 and 5.4 m are from ABS1. The model is assumed to be an adiabatic system
but the experimental results indicate otherwise. The two absorber columns and
the piping between them were not insulated at the time of operation. As the
data came from October (Spring) and May (Winter), it would be expected that
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the surrounding air temperature, which was typically 45 K lower than that of the
column, would reduce the temperature of the phases as they passed through the
connecting piping. The experimental data shows a temperature drop between the
two absorption columns which is not evident when modeling the system as one
column. Heat loss from the column may also be a factor affecting the height of
the temperature bulge. This temperature dislocation between the columns will
effect the absorption of the CO2 and this may be explained by the intermediary
experimental point in the graph of CO2 absorption (Figure 3.5 and 3.6) which
indicates less absorption of CO2 at that point than is shown by the model. There
model shows a final absorption reading within 10% of the experimental data for
the concentration of CO2 removed from the flue gas.
The movement of the temperature bulge towards the base of the column is as
expected for data with the higher L/G ratio, Run 061011. This is also validated
by the shift in the peak of the water content in the vapour phase in Figure 3.6. A
higher temperature results in greater water loss from the liquid phase. Figure 3.5
and 3.6 also show the removal of CO2 and H2 O from the gas for the total length of
the packed column. The graph shows good correlation for the exit concentrations of
gaseous CO2 and H2 O despite the absorber column being operated as two separate
sections. The H2 O curve for the model exhibits significant H2 O evaporation and
this is in agreement with the experimental work done by Simon et al which is
represented by the triangles on the graph [77]. Figure 3.7 is the graph of the
temperature when the absorber in Run 280509 is modelled in two sections (but
placed on one graph) and shows the experimental data points and the simulated
values from the model. The shape of the temperature curve in both ABS1 and
ABS2 reflects the data with the maximum value occurring at similar positions in
the graph. The experimental data points of the temperature curve in ABS2 are
about 8o below the simulated curve. This is a similar result as reported in the
work of Artanto et al [5] and can be attributed to the jump in temperature at the
base of ABS1 of 6o .
The graph for Run 061011, Figure 3.7, reflects the results obtained for Run 280509.
The L/G ratio is higher in Run 061011 so the temperature bulge is closer to the
bottom of each column. There is more liquid to absorb CO2 as the gas enters the
column which leads to a temperature increase at the bottom of the column. The
temperature range in both absorber columns in this Run are 5o − 10o higher than
in Run 280509.
Some parameters were altered in order to examine the effect of their change on
the absorption of CO2 and the accumulation of oxidation products. The input
temperatures to the column were increased by 10o , and also decreased by 10o , to
determine the effect this would have on the removal of CO2 and the accumulation
of oxidation products. Figure 3.8 shows that 1.6% more CO2 is absorbed when the
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temperature is decreased by 10o when using a time period of 16 minutes. Over the
same period, 13.5% less oxidation products were formed. (See Figure 3.8). When
the average temperature of the column is increased by 10o , absorption of CO2 is
decreased by 1.7% and the formation of oxidation products is increased by 10.5%.
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Chapter 4
Degradation
4.1

Assessing Oxidative Degradation of MEA

Up to this stage the validation of this model has been based on the data produced
once the model has reached a relatively steady state. This has been done in
order to assess the validity of the model before using it to calculate the rate of
degradation of MEA and accumulation of the oxidation products that are produced
as a consequence of this degradation. To assess the rate of oxidative degradation
of MEA the data needs to be analysed over a long period of time rather than at
steady state. This program was run for a simulation period of 400000 seconds
(111.1 hours) and the data produced by the simulation was used to calculate the
kilograms of MEA lost per tonne of CO2 produced as predicted by the model using
Run 280509.
It is known that the expected value for the number of kilograms of MEA lost
per tonne of CO2 captured should be in the range 0.2 to 3.0 [33, 42, 59]. These
figures were produced from laboratory experiments and one pilot plant where the
feed gas was approx 5% O2 on a dry basis. Typically the O2 concentration in
flue gas streams is 6% wet [81]. In the AGL Loy Yang PCC pilot plant, the O2
concentration in the feed gas was in the range of 5-8% on a wet basis which, when
to converted to a dry basis, is higher than that for the laboratory experimental
data.

4.1.1

Degradation of MEA

Using the information from the data provided by the CSIRO PCC pilot plant at
AGL Loy Yang for run 280509, 15.7 kg of CO2 is produced per operating hour.
Thus it takes 63.69 hours to collect 1 tonne of CO2 . Reading from the computer
model for this run, 26.286 moles of MEA are lost in 111.1 hours which is 0.01443
kilogram of MEA lost in 1 hour. Thus 0.919 kg of MEA is lost per tonne of
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Figure 4.1: Degradation of MEA (mole fraction), Run 280509, Loy Yang Pilot
Plant
CO2 recovered which is within the range cited previously. Some of this loss is
by vapourisation into the gas phase. Using the values in the computer model to
quantify the vapourisation of MEA after a simulation of 111.1 hours it was found
that:.
Concentration of gas leaving absorber = 40.06 moles m3
Flow rate of gas
= 0.035 m3 sec−1
Moles of gas per sec
= 1.402079
Mole fraction MEA in gas
= 9.3303 × 10−8
Moles of MEA in gas
= 1.3082 × 10−7 moles sec−1
Mass of MEA in gas
= 2.87 × 10−5 kg hr−1
Loss of MEA to vapourisation during the absorption of 1 tonne of CO2 is 1.83×10−3
kg. According to the literature, [25], 0.08kg of MEA is lost by thermal degradation
per tonne of CO2 produced when the temperature of the stripper is 381 K.
Total loss of MEA = loss by vapourisation
+ loss by oxidative degradation + loss by thermal degradation (4.1)
= 1.83 × 10−3 + 0.919 + 0.08

(4.2)

Total loss of MEA = 1.00083kg per tonne of CO2

(4.3)
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This would make a total loss of MEA to the system of approximately 1.00083 kg
per tonne of CO2 . Figure 4.1 shows the decreasing input concentration of MEA
in the liquid over the simulated time of 111.1 hours. The mathematical model
constructed in this thesis was used to quantify the accumulation of components
that resulted as a consequence of oxidative degradation of MEA.

4.1.2

Accumulation of oxidation products (OP)

Figure 4.2: Accumulation of oxidation products (mole fraction), Run 280509, Loy
Yang Pilot Plant
From the computer model, 0.0056 mole fraction MEA is lost in 111.1 hours
while 0.0112 mole fraction of OP is accumulated. This reflects the increasing
trend seen in Figure 4.2 which shows the accumulation of oxidation products.
Using the total number of moles in the system at time 400000 seconds (from the
model), 26.286 moles MEA are lost while 52.57 moles of OP are accumulated.
If the oxidation products (OP) are assumed to be one third each of oxalic acid,
formic acid and glycolic acid, then the average molecular weight is 70.70 g mol−1 .
Gain OP =

52.57 × 70.70
3600
×
1000
400000
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(4.4)

Gain OP(kg hr−1 ) = 0.033450
A gain of 0.033450 kg hr−1 of OP is equivalent to an accumulation of 2.13 kg
OP per tonne of CO2 produced. Natural gas power plants (NGCC) operate with
a much lower level of CO2 but higher level of O2 when compared to brown coal
power plants [13]. Where the brown coal system has 12% CO2 and 6% O2 in the
input flue gas, natural gas has 4% CO2 and 12% O2 . Figure 4.3 compares the
comparative rates of absorption of CO2 in a NGCC and a PCCC power plant
generated by the model developed in this thesis. As the input flue gas passes up
the column in a PCCC plant, 68% of the CO2 is removed whilst in the NGCC
plant, 72% of CO2 is removed. The different levels of O2 and CO2 in the input
feed gas has minimal effect on the absorption of CO2 . However, the model predicts
that the accumulation of oxidation products in a natural gas plant is 4.8 times the
accumulation in a brown coal power plant over the same period of time. This is
in agreement with work done by Leonard [49].
Figure 4.3 shows the rates of accumulation of oxidation products when concentrations of 4% CO2 and 12% O2 are included in the gaseous phase of the model. The
absorbent is still MEA. This has large cost, waste and emissions implications for
a natural gas plant compared to a coal plant and would suggest that an oxidation
resistant absorbent should be used for the removal of CO2 from the gaseous effluent in a NGCC plant. The input temperatures of the gas and the liquid streams
to the NGCC plant were lowered by 10o K to assess the effect on the chemistry.
The model predicts that the accumulation of oxidation products is reduced by 21%
while the absorption of the CO2 is only reduced by 1.2% (see Fig. 4.3b)
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Chapter 5
Conclusions
Much work has been done evaluating technologies to capture CO2 from gaseous industrial effluent. For large-scale emitters such as coal and natural gas-fired power
plants, technology using amine solvents to capture post-combustion CO2 is the
most mature CO2 capture technology. This technology can be retrofitted to existing plants, treating the flue gas after the combustion stage. The model in this
thesis is constructed from first principles and, while it is built using MEA as the
absorbent to remove CO2 , it can be adjusted to cater for the removal of different
industrial gases with various absorbents. The ODE’s developed in the mathematical model are solved using a solver, MATLAB Ode15s. The model was found to
be stable for a period of 111 hours and shows no sign of collapsing. The flux of
MEA, CO2 , O2 and H2 O across the phase interface in either direction has been
included and this can be added to as required.
The loss of MEA through oxidative degradation has been quantified, a feature that
is not currently available in existing commercial packages. Reaction rate kinetics
have been employed to predict the accumulation of oxidation products but the
accuracy of prediction is influenced by the incomplete knowledge of the precise
kinetics of the dominant reactions between O2 and MEA. When research has produced more detailed information on the products formed during this oxidation, it
can be inserted easily into the model. Validation has been performed using laboratory data from CSIRO, Newcastle, and data from the CSIRO PCC pilot plant
at AGL Loy Yang. It was found that 1.00083 kg of MEA was lost by vapourisation and oxidation and thermal degradation per tonne of CO2 removed from the
flue gas. This is well within the range of 0.2 to 3.0 kg of MEA predicted by the
literature. The accumulation of the oxidation products as a results of oxidative
degradation of MEA was found to be 2.13kg per tonne of CO2 removed.
Gaseous effluent from natural gas power plants contains a much higher concentration of O2 and lower concentration of CO2 than that seen at CSIRO Newcastle or
the PCC pilot plant at AGL Loy Yang. The model constructed for this thesis was
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used to study the effect that this would have on the rate of build-up of oxidation
products using MEA as the absorbent. It was found that MEA degrades 4.8 times
faster than it does in a brown coal power plant and it would be inadvisable to use
it under high O2 conditions. A parametric study of the impact of operating conditions on oxidation showed that the accumulation of oxidation products increases
as the input temperatures increase. This accumulation also increases with a high
level of O2 and low levels of CO2 such as are found in NGCC power plants.
The key findings of this thesis are:
• quantification of the rate of oxidative degradation of MEA
• quantification of the rate of accumulation of oxidative products as a result
of the degradation of MEA
• prediction of accumulation rate of oxidative products in a natural gas power
plant as 4.8% greater that of a brown coal power plant
• effect of reducing the temperature of the input gas and liquid by 10o K on
the rate of accumulation of oxidative products in a natural gas power plant
This work has provided CSIRO with a dynamic model that can predict oxidative
degradation which the current commercial packages are unable to do.
Further model development would include:
• more investigation into the effect changing parameters has on the rate of
absorption and degradation of the absorbent
• investigation of the influences on the accumulation rate of the oxidation
products
• the incorporation of the other components of the absorption/desorption system, the main one being the stripper itself
• use of other absorbents, for example piperazine or a mixture of absorbents,
in the model
• incorporate more detailed chemistry for the oxidation reaction between MEA
and CO2 as this becomes available
This model could and should be used for the design of industrial CO2 capture plants
to contribute to their large-scale deployment and to quantify the accumulation of
oxidation products resulting from the degradation of the solvent under varying
conditions.

58

Appendix A

A.1
a
aw
awl
awg
C
Cp
ch , cl , cv
Dli
Dgi
dH
dh
dz
E
G
g
HCO2
HO2
hl
hg
hT
[i]
Kg
kf
kg
kl
kr
L

Glossary
specific surface area of packing (m2 m−3 )
effective interfacial area of packing per volume of packing (m2 m−3 )
effective interfacial area of packing per volume of liquid holdup (m2 m−3 )
effective interfacial area of packing per volume of gas holdup (m2 m−3 )
concentration (mole fraction)
heat capacities (J mol−1 K −1 )
packing constants specific to type of packing
liquid phase diffusion coefficient of i (m2 s−1 )
vapour phase diffusion coefficient of i (m2 s−1 )
heat generated by reactions (J mol−1 )
hydraulic diameter of random packing (m)
height interval (m)
enhancement factor
gas flow (mol m−3 )
gravitational constant (m s−2 )
Henry’s constant for carbon dioxide (P a m3 mol−1 )
Henry’s constant for oxygen (P a m3 mol−1 )
liquid hold-up (m3 m−3 )
gas hold-up (m3 m−3 )
heat transfer coefficient (W m2 K)
concentration of component i (mol m−3 )
overall mass transfer coefficient (mol P a−1 m−2 s−1 )
forward reaction rate (mol m−3 s−1 )
mass transfer coefficient in vapour phase (mol P a−1 m−2 s−1 )
mass transfer coefficient in liquid phase (m s−1 )
reverse reaction rate (s−1 )
liquid flow (mol m−3 )
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MW
N
P
P∗
Pvp
R
Rx
rO2
T
TC
Tc
t
ug
uG
ul
uL
V
z
∆Ha bs
∆Hreact
∆Hvap

λ
νdl
νkl
νkg
νH2 O
Ω
ρ
σ
σl

Molcular Weight
molar flux between phases (mol m−2 s−1 )
partial pressure in bulk vapour (P a)
equilibrium partial pressure in bulk liquid (P a)
partial vapour pressure (P a)
Universal gas constant (m3 P a mol−1 K −1 )
reaction rate (mol m−3 s−1 )
rate of oxidative degradation (mol m−3)
temperature (K)
temperature in celsius (Celsius)
critical temperature (K)
time (s)
velocity of gas phase (m s−1 )
velocity of gas with respect to the empty column cross section (mol s−1 )
velocity of liquid phase (m s−1 )
velocity of liquid with respect to the empty column cross section (mol s−1 )
molar volume (cm3 mol−1 )
height of column (m)
heat of absorption (J mol−1 )
heat of reaction (J mol−1 )
heat of vapourisation or condensation(J mol−1 )
void fraction of column (m3 m−3 )
thermal conductivity of the gas (W m−1 K −1
dynamic viscosity of liquid (kg m−1 s−1 )
kinematic viscosity of liquid (kg m−3 )
kinematic viscosity of gas (kg m−3 )
viscosity of H2 O cP
Lennard-Jones potential (dimensionless)
density (kg m−3 )
collision diameter (A)
surface tension (kg m−2 )

subscripts and superscripts
i component
g gas
l liquid
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A.2

Parameters

Parameters for Newcastle Column
RUN A
Diameter
Packing
L/G
Pressure
Packed Ht
Gas Inlet conditions
Temp
N2 flow
CO2 O flow
H2 O flow

0.15m
16mm S/S Pall Rings
2.734
130.4kPa
2.4m
40.12o C
36.28 kg/hr
5.866 kg/hr
1.742 kg/hr

Solvent Inlet conditions
Temp
Flow rate
MEA conc
H2 O conc

39.3o C
119.99 kg/hr
0.3% wt
0.7% wt

Solvent Inlet conditions
Temp
Flow rate
MEA conc
H2 O conc

40.82o C
121.10 kg/hr
0.3% wt
0.7% wt

RUN B
Diameter
Packing
L/G
Pressure
Packed Ht
Gas Inlet conditions
Temp
N2 flow
CO2 O flow
H2 O flow

0.15m
16mm S/S Pall Rings
4.214
132.6 kPa
2.4m
o

36.47
25.92
4.208
1.219

C
kg/hr
kg/hr
kg/hr
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Parameters for Loy Yang Pilot plant
RUN 280509
Diameter
Packing
L/G
Pressure
Packed Ht
Gas Inlet conditions
Temp
N2 flow
CO2 O flow
H2 O flow
O2 flow

0.20m
25mm S/S Pall Rings
2.97
101.35 kPa
5.4m
o

43.3 C
118.27 kg/hr
22.45 kg/hr
5.74 kg/hr
7.13 kg/hr

Solvent Inlet conditions
Temp
Flow rate
MEA conc
H2 O conc

42.55o C
153.59 kg/hr
0.26% wt
0.74% wt

Solvent Inlet conditions
Temp
Flow rate
MEA conc
H2 O conc

48.54o C
153.59 kg/hr
0.35% wt/wt
0.65% wt/wt

RUN 061011
Diameter
Packing
L/G
Pressure
Packed Ht
Gas Inlet conditions
Temp
N2 flow
CO2 O flow
H2 O flow
O2 flow

0.20m
25mm S/S Pall Rings
6.44
102.47 kPa
5.4m
o

52.00 C
44.94 kg/hr
14.04 kg/hr
1.42 kg/hr
6.39 kg/hr
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A.3

Physical & chemical properties

Parameter
Column liquid hold-up
Diff. coeff. of CO2 , O2 & H2 O in gas
Diff. coeff. of CO2 , O2 & MEA in liquid
Diff. coeff. of MEA in gas
Dynamic liquid viscosity
Heat of absorption of CO2
Heat of absorption of O2
Heat of vapourisation of H2 O
Heat of vapourisation of MEA
Heat capacity for gases
Heat Capacity for liquid MEA
Heat Capacity for liquid H2 O
Heat Capacity for liquid carbamate
Heat transfer coeff.
Henry’s law constant for CO2
Henry’s law constant of O2
Kinematic liquid viscosity
Liquid surface tension
Mass transfer coeff. for gases & liquids
Reaction rates for MEA and CO2
Reaction rate for MEA and O2
Specific wetted area
Thermal conductivity of gases
Vapour pressure of H2 O
Viscosity of water
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Units
m3 m−3
m2 s−1
m2 s−1
m2 s−1
N m s−2
J mol−1
J mol−1
J mol−1
J mol−1
J mol−1 K−1
J mol−1 K−1
J mol−1 K−1
J mol−1 K−1
J s−1 m−2 K−1
Pa m3 mol−1
Pa m3 mol−1
m2 s−1
N m−1
m s−1
kf = m3 mol−1 sec−1
kr = s−1
K = mol m−3 sec−1
m2 m−3
J s−1 m−1 K−1
Pa
N m s−2

Reference
Billet and Schultes 1999
Poling et al. 2001
Poling et al. 2001
Kvamsdal 2009
Weiland et al. 1998
Crovetto 1990
Dana 1925 [24]
Kvamsdal 2009
MSDS Cameo Chemicals
Poling et al. 2001
Maham et al. 1997
Perry et al. 1997
Ruzicka et al. 1993
Bird et al. 2002
Crovetto 1991
Weiland et al. 1998
Vazquez et al. 1997
Billet and Schultes 1999
Conway 2011
Leonard 2014
Billet and Schultes 1999
Lide [52] 2006
Perry et al. 1997
Cussler 1996

A.4

Vienna MATHMOD 2015 Conference
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